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Abstract 

The purpose of this work was to investigate the viability of a microalgae catalytic 

pyrolysis/hydrotreating plant to kerosene, diesel and gasoline using Aspen Plus. A series of 

2000 dry tonne per day scenarios were simulated with the final goal of determine the price in 

USD per litre of the drop-in fuels produced and the economic feasibility of the technique at a 

large-scale. Different scenarios (mechanical, solar and thermal drying), microalgae 

(Nannochloropsis and Isochrysis) and catalysts (Li-LSX zeolite, Ni-Ce/Al2O3, Ni-Ce/ZrO2). 

For this work, a systematic design approach by Douglas was considered and the whole 

process was actualised with the Marshall and Swift Cost Index of 2016. The lowest minimum 

fuel selling price (1.418 $/L) was found for Isochrysis and Li-LSX-zeolite. Finally, the 

sensitivity analysis showed that the bio-oil yield was the most influent factor, leading to a 

variation of the fuel price between 1.158 $/L to 1.751 $/L assuming a 20% of variation. 

The techno-economic assessment and sensitivity analysis indicated that Isochrysis and Li-

LSX-zeolites are promising for the production of drop-in fuels, but further research is 

required to further reduce the price of the feedstock production and drying to be competitive 

with lignocellulosic materials.   

 

Keywords 

Techno-economic analysis, Algal biofuel, Catalytic pyrolysis, Hydrotreating, Li-LSX-zeolite. 

 

1. Introduction 

Since biomass is carbon neutral, its use as a renewable energy source can reduce the 

dependence on fossil fuels and help to reduce emissions of greenhouse gases in the 
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atmosphere [1]. Since biofuels can be produced through a variety of processes, the techno-

economic analysis of producing bioenergy is an essential aspect to evaluate their 

performance. Most of the work has been dedicated to lignocellulosic materials. For example, 

García-Velásquez and Cardona (2019) addressed the TEA, energetic and environmental of 

ethanol by fermentation and syngas by gasification from pine wood [2]. 

The conversion of biomass into hydrogen is largely studied using different devices [3, 4], 

with recent studies estimating a cost of 1.77–2.05 per $/kg of hydrogen from the stem 

reforming of biomass [5].  

Pyrolysis is one of the most promising thermo-chemical conversion processes that converts 

biomass into bio-char, bio-oil and gas at temperatures close to 500˚C and in absence of 

oxygen. Mustapha et al.[6] compared the techno-economic feasibility of five forest-based 

biofuel conversion pathways (Hydrolysis and Fermentation, Mixed Alcohol synthesis, 

Fischer-Tropsch synthesis, Hydrothermal Liquefaction and Fast Pyrolysis) in the Nordic 

countries and fast pyrolysis and hydrothermal liquefaction were found to be the most cost-

competitive pathways. Unrean et al. (2018) studied the TEA and environmental impact of 

rice husk-to-fuel conversion technologies, which suggested that hydrothermal carbonisation 

with palletisation could be cost-competitive with direct combustion [7]. They also highlighted 

that pyrolysis could be improved by exploration of process wastes for better economic 

benefits. 

Magdeldin et al. [8] studied the TEA for a scale-up of non-catalytic hydrothermal 

liquefaction (HTL) plant for lignocellulose residues, with primary production of renewable 

liquid fuels. The authors set the operating condition of HTL reactor at 300 ºC and 210 bar, 

obtaining the minimum fuels price of 2.93 € gallon of gasoline equivalent, 2.46 €/kg for 

hydrogen and 51.4 €/MWh for biochar.  Nie et a1.[8] evaluated the capital investment and 

operating cost for producing 105 m3/year of biofuel from forest residues, reaching a 

minimum fuel selling prices (MFSP) between 0.82-0.90 $/L of gasoline equivalent. 

The production of bio-fuels from third-generation microalgae are recently receiving 

increasing attention, but there still is a lack of studies to assess their economic viability. Okoli 

et al.[9] studied the techno-economics of a microalgae-to-butanol via thermo-chemical route. 

The lowest minimum butanol selling price (MBSP) of 1.97 $/L was obtained for the S. 

Korean natural gas import plant and the sensitivity analysis showed that changes in gasoline 

prices could have an impact on the plant configuration in the South Korean, but not in the US 

market [9].  In the 1970s, the U.S. Department of Energy extensively researched the growth 

and conversion of microalgae for transportation fuels [10]. The most common fuels derived 
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from microalgae are bio-ethanol and biodiesel produced by fermentation and solvent 

extraction [11, 12]. Microalgae with high lipid content are good feedstock for biodiesel 

production but still too expensive (6-10 $/L) [13]. Only fatty acids from microalgae can be 

used for biodiesel production, which moreover require costly organic solvents extraction [14, 

15].   

Thermo-chemical conversion (liquefaction, pyrolysis, gasification) pathways instead allows 

full conversion of the microalgae components to bio-fuels, which represents an economic 

advantage over bio-routes [16, 17]. Today, in spite of innovative approaches to microalgae 

growth and conversion into biofuel have renewed interest in algae biofuels [10, 18], the 

question of their economic feasibility remains. Despite the increase in algae-related 

publications, few papers effectively address the key question of translating the proposed 

technical approaches for producing algae biofuels to their economic costs. The cost estimates 

given in the literature vary greatly in their level of detail. Some provide single value estimates 

and others give complete process and economic analyses. It was found that at 10% Internal 

Rate of Return, thermal drying and mechanical dewatering scenarios resulted in MFSP of 

1.80 $/L and 1.49 $/L, respectively the production of a mixture of BTX (25.9 gal/MT), diesel 

(4.2 gal/MT), and gasoline (2.5 gal/MT) from 2000 dry million t /day processed microalgae 

[16]. The same group updated the minimum fuel selling price of gasoline and diesel fuel 

produced via fast pyrolysis and hydro-processing of cellulosic biomass to 0.56$/L, from the 

previously estimated 0.46 $/L, which was found to be competitive with petroleum and lower 

than competing technologies such as cellulosic ethanol and gasification with combined 

Fischer–Tropsch synthesis [19]. The above MFSP suggests that pyrolysis-hydrotreating of 

microalgae is still not competitive with cellulosic biomass. However, several different 

combinations of microalgae drying and catalysts have been proposed for the pyrolysis of 

microalgae, which can affect the process costs. 

In this work, in order to evaluate the economics of microalgae pyrolysis and bio-oil 

upgrading using a number of different catalysts, the energy cost and the carbon footprint of 

the techniques required have been investigated and modelled in Aspen Plus. For the 

microalgae drying step, three different system have been considered: (1) traditional thermal 

drying, which is energy intensive; (2) a partial mechanical drying of the algae before the 

thermal drying; (3) a drying system based on solar power [20]. For the production of 

microalgae, the use of wastewater has been investigated by Xin et al. [21] to reduce the cost 

of both treatment of wastewater and growth of microalgae. This system has been considered 

in this simulation.  
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The pyrolysis of the different microalgae species can be greatly affected by presence of 

catalysts and despite the number of works focusing on the development of catalysts for 

microalgae pyrolysis, the evaluation of their techno-economic feasibility is rather limited.  

Therefore, in this work, the effect on the final fuel price of a number of catalysts (Li-LSX 

zeolite, NiCeZrO2, NiCeAl2O3) previously tested by our group, has been investigated with 

the purpose to establish which of the above mentioned catalysts could have a role in 

converting microalgae to drop-in fuels in industrial scale [22-24]. To have a precise 

estimation of the final price of kerosene (C10 to C14), diesel (C21) and gasoline (C4 to C12), an 

Aspen Plus model of the overall process including the hydrotreating and distillation stages 

was simulated [25].  

 

2. Method 

 

2.1.Model 

The simulation was built on Aspen Plus considering 2000 metric ton per day of dry biomass 

flow rate (10% wt. water). Figure 1 shows the complete flow chart of the simulated process, 

while the mass flow rates are reported Table 1 and discussed in the following sections. The 

plant size was selected to be comparable with previous works [16, 19, 26]. The goal of this 

simulation was to have the final flow rates of fuels, biogas and char produced by the catalytic 

pyrolysis, in order to size all the reactors and determine the utilities costs (electricity, cooling 

water). After the equipment sizing, it was possible to determine the capital cost (CAPEX) and 

the annual operating cost (OPEX) by using Aspen process economic analyser integrated in 

the Aspen software.  

Figure 1 shows the PFD for the simulated process. The simulated process starts with the 

microalgae drying stage (H100) followed by the catalytic pyrolysis reactor (R100). The solid 

produced during the reaction (bio-char) was assumed to be separated in a cyclone (S100) and 

combusted (B3) at high temperature (800 ˚C), in order to regenerate the catalyst and to 

generate the heat required in the pyrolysis reactor. Then, the bio-oil produced was condensed 

(E-102) and upgraded by hydrotreatment (R-102). The bio-oil was assumed to be 

hydrotreated at 250 ˚C, at a pressure of ~50 bar, consuming about 0.12 kg of H2 per kg of 

bio-oil to be treated [16]. The hydrogenation reaction resulted in paraffins, cyclo-alkanes, 

aromatics etc., which were further fractionated into kerosene, diesel, heavy and light gasoline 

and other chemical compounds by using a distillation tower (S-103) containing 23 plates, in 

order to separate the compounds by their respective boiling point.  



M
ANUSCRIP

T

 

ACCEPTE
D

ACCEPTED MANUSCRIPT

5 
 

The simulation was carried out with the following flow rates and temperatures obtained in 

literature: 

Temperature: 

• Drying: 80˚C (hot air) 

• Catalytic pyrolysis: 500˚C 

• Char combustion: 800˚C 

• Hydro-processing: 250˚C 

• Final products: 35˚C  

Material flow rate: 

• Wet microalgae (80 % moisture): 9475 metric ton/day 

• Dry microalgae (10% moisture after drying) : 2000 metric ton/day 

• Ni-Ce/Al2O3 and Ni-Ce/ZrO2 catalyst, 30 wt. % of dry biomass 

• Li-LSX zeolite catalyst, 50 wt. % of dry biomass 

• Hydrogen for hydrotreatment : 0.12 kg hydrogen per kg of bio-oil [16] 

The microalgae composition (wt%) was obtained by Aysu and Sanna [22]. Nannochloropsis 

sp.: protein 62 %, carbohydrates 9 %, lipids 18 %; Isochrysis sp: protein 44 %, carbohydrates 

25 %, lipids 19 %. The microalgae have been simulated in Aspen Plus defining them by the 

proximate and ultimate analysis.  

Four different scenarios were considered: 

Thermal drying, Mechanical drying, Thermal and solar drying and thermal and mechanical 

drying. For each of the scenarios, five different microalgae-catalysts were modelled in Aspen 

Plus: 

• Nannochloropsis algae with Ni-Ce/Al2O3 catalyst  

• Isochrysis algae with Ni-Ce/Al2O3 catalyst 

• Isochrysis with Li-LSX zeolite catalyst (LSX : low silica x type ) 

• Isochrysis with Ni-Ce/ZrO2 catalyst 

• Isochrysis without catalyst 

The Aspen model was divided in four parts, namely: (1) the drying stage; (2) pyrolysis and 

combustion of char; (3) bio-oil hydrotreatment; (4) separation system.  

 

2.1.1 Drying stage 

Before the pyrolysis process, the microalgae must be dried because of their large water 

content (~80 wt. %). 40,350 kg/hr of microalgae (F-101) were dried using 1,413 kg/hr air (F-
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102). This content must be lower than 10 wt. % in order to reduce parasitic energy required to 

heat water during pyrolysis. Reducing the energy consumption and thus the annual operating 

cost of this stage could make a great difference in the final cost of the plant; therefore, three 

types of drying methods have been entered in the simulation:  

•••• Thermal drying [10, 16, 21]: typical drying method where air at 35˚C is heated to 

80˚C by steam, this steam is obtained by heating water with electricity or with natural 

gas. The dryer simulated was a tray dryer. 

•••• Solar drying [20, 27]: The biomass is also dried with hot air, but the steam to heat is 

produced by solar power tower. This solar system is heated by thousands of sun-

tracking mirrors called heliostats that concentrates the power of the sun and permits to 

heat water and thus to produce steam. This method has a higher equipment cost and 

has geographical constrains, but in the same time does not use electricity. 
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Figure 1. Process flow diagram 
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Table 1. Material balance using Isochrysis algae and Li-LSX zeolite catalyst. 

 
F-101 F-102 F-103 F-104 F-105 F-106 F-107 F-108 F-109 F-110 F-111 F-112 

F-
113 F-114 F-115 

F-
116 

F-
117 F-118 F-119 

F-
120 F-121 F-122 

F-123 F-124 F-125 

Mass flow rate [kg/h] 403500 14133 14133 22133 83332 29576 58492 119601 28916 90685 90685 59039 8313 23333 23333 2500 2500 25832 25832 2832 23000 13583 13583 9417 9417 

Temperature [ºC] 25 35 175 80 80 35 800 500 500 500 35 35 35 35 100 25 100 100 35 35 35 113 35 193 32 
Pressure [bar] 1 1 1 1 1 2 2 1 1 1 1 1 1 1 1 50 50 50 1 1 1 1 1 1 1 

Composition [wt.%] 
Moisture 80    10                     
Biomass 20    90                     
Bio-char        20.69 85.59                 
Bio-gas        22.56  29.76 29.76 45.74              
Bio-oil        19.50  25.72 25.72   100 100           
H2O    36.2    6.95  9.17 9.17  100     10.96 10.96 100      
N2  79 79 50.4  79 39.95 19.50  25.76 25.76 39.58              
O2  21 21 13.4  21                    
H2                100 100         
CO2        7.23  9.56 9.56 14.68              
Catalyst       7.12 3.57 14.41                 
5-Methyl-3-Methylethyl-
Phenol      

 
  

         
6.59 6.59 

 7.40   17.78 17.78 

O-Ethylstyrene                  8.81 8.81  9.90   24.78 24.78 
O-Xylene                  14.17 14.17  15.91 23.86 23.86   
n-Hexadecane                  4.73 4.73  5.31   8.46 8.46 
2,3Dimethyldecane                  7.76 7.76  8.72     
2-Ethyl-1-Hexene                  1.36 1.36  1.53 2.19 2.19   
Cyclohexane                  28.67 28.67  32.20 60.97 60.97   
Butylcyclohexane                  16.38 16.38  18.40   48.98 48.98 
n-Octane                  8.28 8.28  9.30 12.98 12.98   
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•••• Mechanical drying [12, 16]: This is a two steps drying, the first one is to reduce the 

moisture from 80% to about 60% with a belt dryer technique with pressurized air, 

then the algae with 60% moisture is fed to a classic drying step with air at 80˚C. The 

initial mechanical drying permits to reduce greatly the amount of energy needed to 

dry the microalgae. 

The drying step modelling was carried out considering two different microalgae algae 

species, but since the energy requirement and costs resulted almost the same, a unified price 

was used for assessing the different drying processes. 

 

2.2 Pyrolysis and char combustion  

After the drying stage, 2000 t/day of dry algae (F-104, with only 10 wt. % of water) are sent 

to the pyrolysis reactor. Pyrolysis temperature was fixed at 500˚C, which is the temperature 

that resulted in the highest bio-oil yield [23]. 

The reactor operates at atmospheric pressure. The catalyst/algae mass ratio was set to 30% of 

catalyst per kg of algae for Ni-Ce/Al2O3 and Ni-Ce/ZrO2, and 50% of catalyst for Li-LSX 

zeolite, based on the experimental results [22]. NiCe on Al2O3 and ZrO2 are also used in the 

steam reforming of biomass tars, but at higher temperatures (650-750°C) and pressures (10-

25 bar), where presence of Ce has been shown to enhance the resistance to coking and 

catalytic activity [3]. 

The input in the model for the microalgae bio-oil, bio-char and bio-gas yields from the 

pyrolysis were experimentally obtained by our group in previous works [22-24]. Pyrolysis of 

Nannochloropsis microalgae in presence of NiCe/Al2O3 was selected as a comparison for 

Isochrysis microalgae. However, due to the larger content in proteins (which lead to gas 

products) of the former (62%) compared to the latter (44%), we selected Isochrysis for the 

catalysts’ comparison study. In Table 2 are summarized the products yields (wt%) of the five 

different scenarios. 

 

Table 2. Product yields for Isochrysis and Nannochloropsis catalytic pyrolysis assuming 10% water in bio-oils 
fed to reactor. 

Algae Catalyst Bio-char Bio-oil Gas Ref. 
Nannochloropsis sp Ni-Ce/Al2O3 27.8 21.0 41.2 [23] 
Isochrysis sp Ni-Ce/Al2O3 28.8 22.1 39.2 [22] 
Isochrysis sp Ni-Ce/ZrO2 22.5 22.9 44.6 [22] 
Isochrysis sp Li-LSX-zeolite 29.7 27.9 32.4 [24] 
Isochrysis sp No catalyst 28.8 20.7 40.5 [22] 
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The bio-oil chemical composition of the bio-oils obtained experimentally (from GC-MS 

analysis) was input in the model [22-24]. Bio-oils compounds were divided in functionalities 

such as alcohols, ketones, esters, aliphatics, aromatics, carboxylic acids and nitrogen 

compounds. The main components of bio-oils from Isochrysis algae were aliphatics (25-42%) 

such as undecane, tridecene or pentadecene and aromatics (13-22%) like P-Cresol and 1-

heptenyl-benzene. The third most abundant category was represented by nitrogen compounds 

(6-17%) such as hexadecane-nitrile, pyrindine and indole. These compounds need to be 

hydrotreated in order to make lighter chains of aliphatics, aromatics and alcohols (main 

components of fuels) by removing nitrogen and oxygen.  

After pyrolysis has occurred, the stream product F-108 is sent to a cyclone separator in order 

to separate the fluid part from the solid part (bio-char and catalyst), F-110 and F-109 

respectively.  

After the cyclone separation, the stream F-109 containing the bio-char and catalyst is sent to 

the combustion reactor, where the catalyst is regenerated, and then, the bio-char is combusted 

in order to supply heat to the pyrolysis reactor, so it can be auto sufficient. Combustion 

occurs at 800 ˚C and atmospheric pressure, air is used to supply the combustion with oxygen. 

The simulation of the combustion process in Aspen included the addition of the elemental 

analysis of the bio-chars gas products and the correct flow rate of air to be fed to the 

combustor, in order to have an output feed without oxygen and a temperature of 800 ºC. The 

required heat was supplied burning all bio-char and part of bio-gas produced (see Table 7). 

The bio-gas weight fraction used to produce heat varied from 50 to 96%, depending on the 

elemental composition of the bio-char and gas, leading to a more or less efficient combustion.  

 

2.3 Hydro-treatment 

The here simulated bio-oils (F-115) contains a number of compounds that do not need 

upgrading (aliphatic, cyclo-alkanes or alcohols). Instead, nitrogenates, carboxylic acids, 

ketones and aromatics require treatment. Hydrotreating takes place at temperatures between 

125 and 400°C and pressures between 50 to 280 bar. Hydro-processing allows to remove 

nitrogen and oxygen from organic compounds, open rings of aromatics and break C-C bonds 

in order to break heavy chains (>C20) in lighter compounds that can be used in fuels, typically 

alkanes from C6 to C18 and alcohols from C1 to C18.   

Catalysts such as Pt/C, Ru/C or Ni-Mo/Al2O3 are typically added to improve the production 

of liquid, reduce the production of coke (solid with high content in carbon), decrementing 

oxygen and nitrogen in bio-oil. In this simulation, Ni-Mo/Al 2O3 catalyst was the 5 wt% of the 
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bio-oil treated, with a catalyst lifespan of 0.2 years were considered [25, 28]. The hydrogen 

required for the hydrotreating was assumed to be 0.12 kg of hydrogen per kg of bio-oil [16], 

at a price of $1.33/kg (from natural gas reforming) [19]. H2 from biomass reforming would 

cost between 1.77 and 2.05 per $/kg and therefore not considered in this study [5]. 

To determine the fraction of bio-oil to be treated, the composition of each bio-oil from the 

experimental works was considered [22, 23]. All nitrogen compounds, aromatics, ketones and 

carboxylic acids were considered as intermediate-products to be upgraded. The bio-oil 

obtained with Nannochloropsis algae and Ni-Ce/Al2O3 was rich in alkanes and alkenes and 

only 22 wt% had to undergo upgrading (benzene-propane nitrile, indole and benzoquinoline-

2,4-dimethyl). A larger fraction (~70 wt%) of Isochrysis based bio-oils obtained by catalytic 

pyrolysis needed treatment, with nitrogen compounds (pentadecane-nitrile), N-heterocyclic 

compounds (indole), ketones (pentadecanone) and aromatics (p-cresol) being in the bio-oils. 

About 75 wt% of the bio-oil obtained from Isochrysis without catalyst also required 

upgrading, where the main undesirable components were nitrogen compounds (28%) and 

ketones (16%).   

 

2.4 Separation system 

The water phase (F-120) was separated from the hydrotreating outlet stream by a decanter 

unit, after that, a distillation tower was used to recover the diesel (F-125) and gasoline (F123) 

products. The distillation tower was modelled by a shortcut method in order to calculate the 

operating parameter to build it. To separate the products by Boiling Point (BP) in Aspen, o-

xylene (Tbp=144.4°C) and butyl-cyclohexane (Tbp=181°C) were chosen as key components. 

Properties and flowrates were used to calculate the price of all equipment of the separation 

process in the simulation. The column price was determined by its height and diameter, the 

price of condenser and reboiler are related to their heat duty. Cooling water was used to cool 

the final products and to supply the condenser, steam was used to heat the reboiler. The 

distillation tower was designed determining the high and diameter and subsequently the cost 

for whole separation unit (distillation tower, reboiler, condenser and utility). Douglas et 

al.[29] calculated the diameter imposing a vapour velocity between 60-80% of the flooding 

velocity:  

� = 0.0164 ∗ √
 ∗ ��
ρ� �

�� �=�	��																																																									(1) 
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Where, MW is molecular weight of the upper stream (gasoline) (lb/lbmol), V the molar 

flowrate of vapour (lbmol/hr) and ρm the molar density of vapour (lbmol/ft3). The number of 

trays was obtained with the following equation, assuming a tray efficiency (η) of 0.5: 

������	 �	��!"# = $%�!&	'�����	 �	��!"#/)																															(2) 
 

The height of the column (in feet) was then determined as follow:  

+ = 2 ∙ '�����	 �	��!"# + 15	�=�		��																																				(3) 
 

In the simulation, the average density of gasoline produced was 0.776 g·cm-3 and 0.825 g·cm-

3 for the diesel products. Their respective boiling points were 112.6°C and 192.9°C, which 

are classic values for gasoline and diesel transportation fuels.  

 

 

 

2.5 Economic assessment of the plant 

The Economic evaluation was designed according to Douglas et al, but the whole process 

was actualised with the Marshall and Swift Cost Index of 2016. This method is widely used 

in the TEA community for its accuracy. When possible, equipment costs were taken by 

previously published works, such as for the pyrolysis reactor [16], the mechanical dryer [12], 

thermal dryer and combustion reactor [29] the solar drying system [20] or the hydro-

processing reactor [25, 30], due to their specificity and difficulty in determine their size using 

Aspen. Otherwise, were calculated in Aspen plus. The obtained values were then used in a 

discounted cash flow rate of return (DCFROR) spreadsheet analysis, in a similar way as done 

in previous techno-economic assessments [10, 12, 16, 21]. The total operating costs were 

determined in order to calculate the minimum fuel product selling price (MFSP) in $/L and 

compare it with the fossil fuel prices and bio-derived fuels.   

Stream and product prices:  

• Biomass (wet) : 66 $/ metric ton [16] 

• Natural gas : 0.142 $/m3 [31] 

• Gasoline : 18.16 $/GJ [28] 

• Diesel : 12.26 $/GJ [28] 

Dryer unit  
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A temperature of 80˚C was used to dry 9500 metric ton/day of wet biomass obtaining an 

output of 2000 metric ton/day of dry biomass (10% moisture). The heat duty needed to dry 

the quantity of biomass specified was used to size the equipment (total area in m2) in order to 

calculate the equipment and installed cost according to Turton et al [32]. 

Three different cases have been tested with low, medium and high-pressure steam, in order to 

determine an average price of the total drying step in dollars per year, including capital costs 

(equipment and installed costs) and utility costs (steam to heat the air). These three cases are: 

• Low pressure steam: 2-3 bar at 125˚C 

• Medium pressure steam: 9 bar at 175˚C 

• High pressure steam: 36 bar at 245˚C 

 

Pyrolytic and combustion reactor 

The total cost of the pyrolytic and combustion reactor was calculated as suggested by 

Douglas et al.[29]. Once the heat supplied (Q, 106 Btu/hr) by the reactor is known the final 

price can be calculated by the following equations:  

01 = 02 + 0� + 03																																																													(4) 
 

Where Fc is a factor of correction for depending on the type of reactor Fd (1 and 1.10 for 

combustion and pyrolytic reactor, respectively), the raw materials Fm, in this case carbon 

steel and the operating pressure.  

4��5ℎ!#�%	5 #� = �&8
280 ∗ (5.52 ∙ 10:) ∙ ;<.=> ∙ 01 																														(5) 

 

?'#�!&&�%	5 #� = �&8
280 ∙ (5.52 ∙ 10:) ∙ ;<.=> ∙ (1.27 + 01)																	(6) 

 

Where M&S is the Marshall and Shift index for 2016 (1582.3) and Q is the heat. This 

correlation is applicable for pyrolysis reactor with heat flow between 20 and 300 106 Btu/hr. 

 

Cyclone separator  

The cost of the cyclone separator depends on the flow of matter (P) that needs to be separated 

(in standard cubic feet per minute, SCFM) [33]. The purchased cost and installed cost were 

calculated with the following equations: 

4��5ℎ!#�%	5 #� = 2.422 ∗ 4<.AB	�=�	C$																																			(7) 
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?'#�!&&�%	5 #�	(C$) = 1.4 ∗ E��5ℎ!#�%	5 #�																																						(8) 
 

Hydrotreating reactor 

The hydrotreating price was calculated based on the flowrate of the bio-oil to be upgraded (in 

thousand barrels per day) as suggested by Gary et al.[34]. This cost included preheater (from 

35 to 250°C), hydrogen circulation facility, central control system, cooler (from 250 to 35°C) 

and initial catalyst charge. Ni-Mo/Al2O3 catalyst was considered for the simulation and was 

priced at an average value of 2750 $/metric ton.  

 

Distillation column 

By the technical analysis, the distillation column diameter (D, ft) and height (H, ft) have been 

calculated, equations 9 and 10 allows determining its purchased and installed costs:  

4��5ℎ!#�%	5 #�	 = ��&8
280 � ∙ 101.9 ∙ ��.<BB ∙ +<.=G ∙ 01 			�=�	$																						(9) 

    ?'#�!&&�%	5 #� = HI&J
G=< K ∙ 4.7 ∙ ��.>> ∙ + ∙ 01 		�=�	$														(10) 

The condenser price was then determined by the following equation: 

L '%�'#��	E�$5� = ��&8
280 � ∙ 328 ∙

M+N
3000 ∙ ln Q

RS3 − 90
RS3 − 120U

<.B>
∙ 
<.B>	�=�$										(11) 

Where, ∆Hv is the heat of vaporization of the upper stream (gasoline) in Btu/lbmole, Tbp the 

boiling point of upper product (°F) and V the molar flowrate (lbmole/hr) of vapour. Finally, 

the reboiler price was calculated with equation 12 as follows: 

V�� $&��	E�$5�	 = ��&8
280 � ∙ 328 ∙ �

M+N
11250�

<.B> ∙ 
<.B>	�=�$																									(12) 
Where, ∆Hv is the heat of vaporization of the bottom product (diesel) in Btu/lb.mole and V 

the molar flowrate of diesel (lb.mole/hr). 

Once the equipment was priced, the annual operating costs were determined. These operating 

costs are due to the utilization of water to cool the products and steam to heat the reboiler. 

Cooling water is priced at 2.12·10-7 $/kJ on Aspen and high-pressure steam at 2.5·10-6 $/kJ. 

The heat duty of the condenser and reboiler (in kJ/hr) were obtained by the software.  

The annual cost was determined by multiplying the unit price of utility (steam or water) in 

$/kJ by the duty in kJ/hr and then by the number of operating hours per year. 

 

Economic evaluation 
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In order to determine the MFSP produced, the first step was to calculate the total project 

investment necessary to launch the project.  The economic evaluation was carried out 

according to Douglas et al.[29].  

The CAPEX included the direct costs (equipment costs) and indirect costs (engineering, 

supervision), the working capital (funds required to operate the plant, pay the salaries etc.) 

and the cost of the land. The fixed capital investment (FCI) was obtained by the following 

equation: 

0L? = %$��5�	5 #� + $'%$��5�	5 #�																																							(13) 
Direct cost is the sum of onsite cost (all reactors total costs) and offsite (main and auxiliary 

buildings, other equipment like electrical, plumbing, alarms, security etc.). In this simulation, 

the offsite cost was assumed at 20% of the onsite cost, because most reactors costing already 

include these costs (pyrolysis reactor, hydro-treater). This hypothesis led to the final direct 

cost: 

�$��5�	5 #� = 1.2 ∙WXY�$E��'�	5 #� 																														(14) 
After that, the indirect costs (sum of the owner’s costs such as engineering, supervision and 

construction expenses and the contingencies) were calculated by:  

Z['��\#	5 #�# = 0.05 ∙ %$��5�	5 #�																																							(15) 
L '�$']�'5$�# = 0.20 ∙ %$��5�	5 #�																																						(16) 

(Values are approximations usually used for large-scale plants) 

?'%$��5�	5 #� = Z['��\#	5 #�# + 5 '�$']�'5$�#																								(17) 
?'%$��5�	5 #� = 0.25 ∙ %$��5�	5 #�																																							(18)		 

The working capital needed to operate the plant was estimated at 15% of the fixed capital 

investment (FCI). The land cost was estimated at 6% of the FCI [16]. Based on this, the total 

project investment was calculated with the following equation: 

R �!&	E� ^�5�	$'N�#���'� = 0L? + �C$']	5!E$�!& + _!'%													(19) 
The annual operating costs are the costs associated with the production of the bio-fuel, such 

as feedstock (algae), the hydrogen purchased for hydrotreating, replacement of catalysts, all 

utilities used to cool or heat the reactor, electricity to pump air in the reactors, salaries, fixed 

charges and plant overhead. These costs were divided in manufacturing costs and general 

expenses (SARE) like the catalyst replacement: 

ZE��!�$']	5 #� = �!'��!5���$'] + 8`VX																																			(20) 
The manufacturing costs were calculated as follows: 

�!'��!5���$']	5 #� = %$��5�	E� %	5 #�# + �$a�%	5ℎ!�]�# + E&!'�	 N��ℎ�!%							(21) 
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Where the fixed charges include local taxes (~1-4% FCI), rents (~10% price of land and 

building), interest (0.7% TCI) and insurances (~0.4-1% FCI). For this study, the interests 

were assumed to be zero, with venture and rents entirely financed by the company. These 

fixed charges were estimated at 3% of the FCI calculated, by: 

0$a�%	5ℎ!�]�# = R!a + ?'#��!'5� = 0.03 ∙ 0L?																											(22) 
The plant overhead included seniors and director salaries, supervision and maintenance as 

follows: 

4&!'�	 N��ℎ�!% = 0.72 ∙ &!� �� + 0.024 ∙ 0L?																															(23) 
Labour cost was determined by considering a plant with 250 employees paid with an annual 

salary of 40,000 $, leading to annual cost of 10 MM$. The number of employee was taken by 

comparing the Chevron Richmond refinery capacity (240,000 barrel per day) and its number 

of employee (1200) with this one[32]. The direct production cost included the feedstock, 

utilities and other factors as follows: 

�$��5�	E� %	5 #� = ���%#� 5C + ��$&$�$�# + �!$'��'!'5� +  E��!�$']	#�EE&" + &!� �� +
#�E��N$#$ ' + &!� �!� �"	5ℎ!�]�#																																																																																																										(24)  

Where the annual cost of feedstock was the unit price (66 $/metric ton) multiplied by the 

annual flowrate of wet algae (3.46 millions of metric ton), resulting in 228.3 MM$. The 

maintenance and operating supply costs were calculated by: 

�!$'��'!'5� = 0.04 ∙ 0L?																																										(25) 
8�EE&" = 0.15 ∙ �!$'��'!'5�																																		(26) 

Supervision and laboratory fees were respectively estimated at 20 and 15% of the labour cost. 

The utility cost is the sum of all utilities used in the process (steam, electricity and cooling 

water). Then, the general expenses SARE was calculated. In this project SARE included the 

purchase of hydrogen for hydrotreating and the replacement of catalysts (for pyrolysis and 

hydrotreating). 

8`VX = ℎ"%� ]�'	E��5ℎ!#�% + 5!�!&"#�#	��E&!5���'�									(27) 
The final step of the economic evaluation was to determine the cost associated with the return 

on investment. In this study, average return on investment was fixed at 10%, based on 

previous works [16, 19, 35]. The annual cost of the return on investment is obtained by 

multiplying the rate of return by the total project investment (TPI): 

`''�!&	�����'	 '	$'N = 0.10 ∙ R �!&	E� ^�5�	$'N�#���'�																						(28) 
Afterwards, the total operating cost was calculated with the following equation: 

R �!&	 E��!�$']	5 #� = �!'��!5���$'] + 8`VX + V����'	 '	$'N�#���'�															(29) 
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3 Result and discussion 

The techno-economic evaluation is shown hereafter for the bio-fuel production from fast 

pyrolysis and hydrotreating of microalgae. Different feedstocks, catalysts and drying systems 

were evaluated and compared in terms of minimum fuel selling price, with subsequent 

sensitivity analysis. At the end, the energy demand of the process has been optimised, in order 

to minimise the utility costs. 

 

3.1 Dryer 

3.1.1 Thermal drying 

According to Aspen, the energy calculated for the drying was 22.6 MW. The total area of the 

dryer was 1226 m2 and the average cost for steam production was 179.2 $/hr, being about 

1.60 MM$/year, if the plant is continuously working. Based on 1226 m2, the equipment cost 

was 3.68 MM$. The installed cost was assumed to be a factor of 1.25 for this type of vessel 

resulting in 4.6 MM$. The steam generator total cost was calculated by Aspen in 168 k$. 

Table 3 shows the total cost associated with the thermal drying method. 

Table 3. Total cost associated with the thermal drying process 

Type Cost 
Dryer equipment cost 3.68 MM$ 
Dryer installed cost 4.67 MM$ 
Steam generator total cost 0.168 MM$ 
Utility cost [$MM/yr] 1.6 MM$/yr 

 

3.1.2 Solar assisted drying 

In this scenario, the dryer was the same as in the thermal drying process, but the steam to heat 

air from 35˚C to 175˚C was assumed to be produced by a molten-salt solar power tower. The 

here adopted solar dryer shown in is Figure 2 was tested in Daggett, Colorado (USA)[36]. 

The total cost of the solar power tower was calculated following the economic assessment for 

a 200 MW plant [37]. This price is given in $/kW to facilitate the calculation of the total cost 

once the energy needed is known.  
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Figure 2. Solar power tower plant 

 

The hot air (125˚C,175˚C or 245˚C) was then used to heat the dryer at 80˚C. The energy 

needed to produce steam was calculated at 22.60 MW, the steam generator equipment cost 

resulted in 173 k$ and its installed cost at 331 k$. These values were divided by the assumed 

30 years of life-time for the equipment, which led to a final total cost of the steam generator 

of 17 k$/yr. The other equipment costs were calculated by multiplying the energy needed by 

the equipment costs given of 2.50 $/kW [37]. The operations and maintenance (O&M) cost 

was assumed to be 30$/kWh, resulting in 681 k$/yr. The final cost associated to this scenario 

as showed in Table 4, was about 1 MM$ higher than the thermal drying using gas or 

electricity. The advantage of this scenario is the avoidance of emitting 47,000 metric ton 

CO2/yr (equal to the annual CO2 emissions of approximately 10,000 cars) [38]. Furthermore, 

a future implementation of the carbon tax in more and more countries (currently between 2 

and 40 $/metric ton of CO2[38]), could result in savings varying from 100 k$/yr to 1.88 

MM$/yr, which would offset the cost difference with the thermal drying. Although, this 

potential cost reduction was not considered in the calculations.  

 

Table 4.Total cost associated with the solar drying of algae 

Type Cost  
Capital cost of the solar plant[MM$] 1.89 
Steam generator[MM$] 0.02 
Dryer[MM$] 8.28 
Operations and maintenance [MM$/yr] 0.68 

E-10
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Air heating
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3.1.3 Mechanical dewatering 

Mechanical drying was used to reduce the moisture content from 80 to 60 wt. %. The selected 

technique was previously employed by Humbird et al.[12], for lignin dewatering previous its 

further conversion to ethanol. This system includes filter and belt presses, membrane 

technologies, pressurized air and vacuum system to drive away moisture The cost of the 

mechanical dryer divided by 3 years of amortisation was assessed in 7 MM$/yr, inclusive of 

utilities and cost of energy. In addition, the cost of the classic dryer for decreasing the 

moisture from 60 to 10 wt% was estimated in 8.28 MM. The utility cost associated to the 

production of steam to heat the air was calculated at 0.62 MM$ and the steam generator total 

cost at 0.11 MM$, as reported in Table 5. 

Table 5. Total cost associated with the partial mechanical drying 

Part Cost [MM$] 
Mechanical dryer 7.00 
Utility cost (2nd step, thermal drying) 0.62 
Steam generator 0.11 
Classic dryer 8.28 
Total cost 16.01 

 

This price resulted two times higher than the other two techniques, due to the high cost of the 

mechanical dryer. Therefore, at the current stage of development, this scenario does not seem 

to be economically viable. Thermal and solar drying resulted the most cost-effective methods. 

Thermal drying has lower CAPEX but larger OPEX, due to the production of steam. Solar 

drying has a higher equipment cost due to the limited number of large scale solar power plant 

developed at the moment and is limited by weather conditions, but it permits to avoid CO2 

emissions of a great amount and it does not need electricity or gas to heat the air, so the 

annuals operating costs associated are lower.  

Furthermore, the environment impact of the drying units in terms of CO2 emissions in 

relation to the fuel used for heating the utilities was evaluated, as shown in Figure 3. The 

units with the highest environmental impact were the classic and thermal units, in order to 

satisfy the energy demand, while the CO2 level was drastically reduced using solar dryers. In 

particular, the CO2 produced was 107.8 metric ton/yr owing to build the drier solar unit, 

considering the useful life equal at 30 years.  
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Figure 3. CO2 production for drying unit 

3.2 Pyrolysis and combustion of char 

The pyrolysis catalytic reactor was priced at 158 MM$ and accounted for most of the total 

facility cost. This cost was determined based on the cost of the Evergent circulating bed 

pyrolyzer [39]. The catalysts prices were determined by considering 30 wt. % of Ni-Ce added 

on alumina or zirconia and by multiplying the price of each component by its weight 

percentage. The components costs were determined by considering very big orders to cut 

prices (>10 metric ton for Ni and Ce and >100 metric ton for the others). The output flow 

from the pyrolytic reactor was sent to a cyclone separator 8.02 m3/s of fluid flow had to be 

separated from the solid phase, involving a purchase and installed cost of 42.30 k$ and 59.30 

k$, respectively.  

 

Table 6. Prices of the different catalysts used for pyrolysis. 

Catalyst Element Wt. % 
Price 
[k$/metric ton] 

Final price 
[k$/metric ton] 

Ni-Ce/Al2O3 
Ni 1.5 9.04 

0.74 Ce 1.5 1.30 
Alumina 97 0.60 

Ni-Ce/ZrO2 
Ni 1.5 9.04 

9.86 Ce 1.5 1.30 
Zirconia 97 10.00 

Li-LSX/zeolite 
Li 11.6 9.10 

1.94 
LSX zeolite 88.4 1.00 

 

As shown in Table 7, the largest fraction of bio-gas used was 95.5% with Isochrysis algae 

and Li-LSX zeolite catalyst, due to the low amount of gas produced during the pyrolysis 
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(32.4%, the lowest of all algae/catalysts). The combustor cost resulted the lowest for the 

system Isochrysis - Li-LSX-Zeolite with 33.5 MM$, while the presence of NiCeZrO2 with 

Isochrysis had the highest cost (48.9 MM$). 

 

Table 7. Results obtained for the combustion model in Aspen Plus. 

Combustion 
Algae Nannochloropsis Isochrysis Isochrysis Isochrysis Isochrysis 
Catalyst Ni-Ce/Al2O3 Li-LSX-Zeolite Ni-Ce/Al2O3 Ni-Ce/ZrO2 No catalyst 
Bio-gas used  
[metric ton/day] 

592 611 438 630 409 

Bio-gas used  
[wt. %] 

71.8 95.5 56.2 70.7 50.5 

Air flowrate 
[metric ton/day] 

6.50·103 6.85·103 3.77·103 3.95·103 3.98·103 

Combustion  
heat duty [MW] 

72.62 60.57 64.96 94.35 64.89 

Purchased cost  
[MM$] 

11.97 10.25 10.88 14.95 10.87 

Installed cost  
[MM$] 

27.16 23.28 24.71 33.93 24.68 

Total cost  
[MM$] 

39.1 33.5 35.6 48.9 35.6 

 

The operating cost of the reactor came only from electricity, required to compress air from 

atmospheric pressure to 2 bar. An isentropic compression was modelled in Aspen Plus in 

order to calculate the annual operating costs. Table 8 shows that the lowest annual electricity 

cost was obtained in presence of the system Isochrysis - Li-LSX-Zeolite with 2.9 MM$/yr. 

 

Table 8. Annual operating cost associated with the compression of air for the combustion reactor 

Compression of air 
Algae Nannochloropsis Isochrysis Isochrysis Isochrysis Isochrysis 
Catalyst Ni-Ce/Al2O3 Ni-Ce/Al2O3 Ni-Ce/ZrO2 Li-LSX zeolite No catalyst 
Air to be compressed 
[metric ton/day] 6.50·103 6.85·103 3.77·103 3.95·103 3.98·103 
Annual electricity cost  
[MM$/yr] 

4.9 5.2 2.9 3.1 3.1 

 

After the pyrolysis step, the obtained products (bio-oil, gas and water) were separated. Water 

was evacuated in the form of steam and the bio-gas not used during the combustion assumed 

to be sold at the price of natural gas (0.0114 $/ft3 or 0.403 $/m3) [28]. Since the bio-oil 

obtained from pyrolysis of algae contains a lot of nitrogen compounds and heavy compounds 

(more than 18-20 carbon atoms), hydrotreating was required for its upgrading to drop-in 

fuels. 
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3.3 Hydrotreatment 

Table 9 shows the total cost of the reactor and the annual operating costs associated (hydrogen 

supply and catalyst replacement). The catalyst make-up per year was determined by dividing 

5% of the bio-oil to be treated by the catalyst life span, assumed to be 0.2 year [28]. As 

expected, Nannochloropsis led to the cheapest total hydrotreating cost (9 MM$ for the reactor 

and 5.43 $MM/yr of operating costs) due to the low fraction of bio-oil to be upgraded. The 

largest cost was associated to Isochrysis with Li-LSX zeolite, due to the high amount of bio-

oil produced in this scenario. A part the scenario with Nannochloropsis, the operating costs of 

the hydrotreater resulted larger than the capital expenditure, due to the hydrogen high cost. H2 

could be obtained via steam reforming of the gas generated during the pyrolysis. This option 

was studied by Wright et al. [35] for the same plant size as in this work, but the hydrogen 

production scenario was not conclusive and therefore a purchasing scenario was assumed 

here.  

 

Table 9. Hydrotreating costs.  

Hydrotreating total cost 
Algae Nannochloropsis Isochrysis Isochrysis Isochrysis Isochrysis 
Catalyst Ni-Ce/Al2O3 Ni-Ce/Al2O3 Ni-Ce/ZrO2 Li-LSX zeolite No catalyst 
Bio-oil to be  
treated [%] 

22 70 70 70 75 

Total bio-oil flowrate  
[metric ton/hr] 

17.46 18.75 19.12 23.34 17.25 

Total bio-oil to be  
treated [metric ton/hr] 

3.84 13.12 13.38 16.34 12.94 

Catalyst needed  
[metric ton/year] 

23.0 78.8 80.3 98.0 77.6 

Hydrogen purchased  
[MM$/yr] 

5.37 18.35 18.71 22.84 18.09 

Catalyst replacement  
[MM$/yr] 

0.06 0.22 0.22 0.27 0.21 

Hydrotreater price  
[MM$] 9.00 14.00 14.00 16.00 14.00 
Annual operating  
costs [MM$/yr] 5.43 18.57 18.93 23.11 18.30 
 

3.4 Separation system 

The capital costs of the separation system obtained by the Aspen simulation are summarised 

in Table 10 for the different scenarios.  

 

Table 10. Total capital costs of the distillation process 

Distillation system cost 
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Algae Nannochloropsis Isochrysis Isochrysis Isochrysis Isochrysis 
Catalyst Ni-Ce/Al2O3 Ni-Ce/Al2O3 Ni-Ce/ZrO2 Li-LSX zeolite No catalyst 
Fuels to be Separated [kg/hr] 17218 18492 18854 23012 17013 
Column purchased cost [k$] 444 461 466 518 441 
Column installed cost [k$] 96 102 103 121 95 
Condenser total cost [k$] 257 269 272 310 255 
Reboiler total cost [k$] 211 221 223 254 209 
Total equipment price [k$] 1007 1052 1064 1202 1000 
 

While, Table 11 shows the operating costs for the separation process. As can be seen in 

Tables 10 and 11, both capital and operating costs resulted higher for the scenario 

“Isochrysis, Li-LSX zeolite”, with $1202 k and $265.4 k, respectively. The largest CAPEX 

can be ascribed to the larger quantity of fuel to be separated (23,012 kg/hr), which led to a 

larger separation plant. Similarly, the larger OPEX are mostly due to the higher cost of the 

steam (261.7 k$)  

 

Table 11. Annual operating costs of the distillation process 

Distillation cost 
Algae Nannochloropsis Isochrysis Isochrysis Isochrysis Isochrysis 
Catalyst Ni-Ce/Al2O3 Ni-Ce/Al2O3 Ni-Ce/ZrO2 Li-LSX zeolite No catalyst 
Cooling water  
annual cost [k$/yr] 

2.8 3.0 3.0 3.7 2.7 

Steam annual 
 cost [k$/yr] 

195.8 210.2 214.3 261.7 193.5 

Annual operating  
costs k$/yr] 

198.6 213.2 217.4 265.4 196.2 

 

The final flowrates of gasoline and diesel that were obtained in the simulation are shown in 

Figure 4. The scenario with Isochrysis algae and Li-LSX zeolite was the one that produced 

the highest amount of transportation fuels, with 183.95 million L/year of gasoline and 120.39 

million L/year of diesel. The lowest was obtained with Isochrysis algae without catalyst, with 

29.9 millions of gallons/year of gasoline and 19.6 of diesel.  
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Figure 4. Flowrates of gasoline and diesel obtained with this facility. 
 

After completing the simulation of all the steps involved in the conversion of microalgae to 

drop-in fuels, the total cost of the plant, the operating costs associated and the minimum fuel 

selling price (MFSP) in /L were calculated. 

3.5 Minimum selling price and sensitivity analysis 

Using the data obtained from Aspen Plus, the CAPEX and OPEX were calculated for all the 

scenarios and reported in Table 12. A minimal difference in CAPEX was found after the two 

different algae species were pyrolysed in presence of NiCe/Al2O3 undergoing the same 

drying and hydrotreating Instead, the OPEX resulted 5% (solar) or 12% (other drying 

systems) lower for Nannochloropsis compared to Isochrysis under same conditions, mainly 

due to the different bio-oil yield and composition, which required more or less hydrogen for 

the downstream upgrading. As can be seen in Table 12, drying affects the CAPEX. If we 

consider the most representative scenario (Isochrysis/Li-LSX-zeolite), it can be seen that the 

CAPEX increase from ~$399 to $408 million when the drying system includes mechanical 

aid. No major difference were instead noticed for the OPEX at the variation of the microalgae 

drying system. The data reported in Table 12 were used to estimate the price of the fuel. In 

this study, gasoline and diesel were assumed to be sold at the same price as if they were the 

same fuel. The final price of the fuel was calculated as follows: 

																											�$'$���	#�&&$']	E�$5�	 = `''�!&	 E��!�$']	5 #�#
`''�!&	�& [�!��	 �	���&#	 �=�$/_														(30) 

This price was calculated in $/L considering the flowrate in millions of litres per year.   

The catalyst used in the pyrolysis stage affected the MFSP, which decreases as follow: Li-

LSX-zeolite << NiCe/Al2O3 < NiCe/ZrO2 < No Cat. The lowest MFSP was equal at 1.43 $/L 
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obtained for the thermal dryer scenario using Isochrysis algae and Li-LSX zeolite catalyst, 

which produced the largest gasoline and diesel output, with 183.95 106 L/yr and 120.39 106 

L/yr, respectively. The plant without catalyst showed the least favourable MFSP, about 30% 

higher than the MFSP obtained with Li-LSX zeolite catalyst. 
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Table 12. Economic evaluation of the different selected scenarios 

Thermal drying Solar drying Mechanical and thermal drying Mechanical and solar drying 
Algae 
N= Nannochloropsis 
I=Isochrysis 

N I I I I N I I I I N I I I I N I I I I 
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A
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e/
A
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N
iC

e/
Z
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2 

L
i-L

S
X
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eo
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e 

N
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 c
at

al
ys

t 

C
A

P
E

X
 [

M
M

$]
 Direct costs  260.9 262.7 278.7 262.9 262.7 261.9 263.8 279.7 263.8 263.6 268.1 269.9 285.9 270.0 269.8 268.5 270.3 286.3 270.4 270.2 

Indirect costs  65.24 65.69 69.68 65.72 65.67 65.49 65.95 69.94 65.97 65.92 67.04 67.49 71.48 67.52 67.46 67.13 67.58 71.57 67.61 67.55 

FCI 326.2 328.4 348.4 328.6 328.3 327.5 329.7 349.7 329.9 329.6 335.2 337.4 357.4 337.6 337.3 335.6 337.9 357.8 338.0 337.8 

Working capital 48.93 49.27 52.26 49.29 49.25 49.12 49.46 52.45 49.48 49.44 50.28 50.62 53.61 50.64 50.60 50.34 50.68 53.68 50.70 50.66 

Land 19.57 19.71 20.90 19.72 19.70 19.65 19.78 20.98 19.79 19.78 20.11 20.25 21.44 20.25 20.24 20.14 20.27 21.47 20.28 20.27 

TPI 394.7 397.4 421.6 397.6 397.3 396.2 399.0 423.1 399.1 398.8 405.6 408.3 432.4 408.5 408.1 406.1 408.9 433.0 409.0 408.7 

O
P

E
X

 [
M

M
$

/y
r]

 

Direct production costs  265.6 263.7 264.9 265.7 263.8 263.9 261.95 263.2 263.9 262.4 264.9 262.9 264.2 264.9 263.1 264.3 262.3 263.6 264.3 262.5 

Fixed charges 9.79 9.85 10.45 9.86 9.85 9.82 9.89 10.49 9.90 9.89 10.06 10.12 10.72 10.13 10.12 10.07 10.14 10.74 10.14 10.13 

Plant  
overhead  

15.03 15.08 15.56 15.09 15.08 15.06 15.11 15.59 15.12 15.11 15.24 15.30 15.78 15.30 15.30 15.26 15.31 15.79 15.31 15.31 

Manufacturing  
costs 

290.4 288.6 290.9 290.6 288.8 288.7 286.9 289.3 288.9 287.1 290.2 288.4 290.7 290.3 288.6 289.6 287.8 290.1 289.7 287.9 

SARE 6.91 20.04 38.64 32.80 18.30 6.91 20.04 38.64 32.80 18.30 6.91 20.04 38.64 32.80 18.30 6.91 20.04 38.64 32.80 18.30 

Return on investment 39.47 39.74 42.16 39.76 39.73 39.62 39.90 42.31 39.91 39.88 40.56 40.83 43.24 40.85 40.81 40.61 40.88 43.30 40.90 40.87 

Total operating cost 336.8 348.4 371.8 363.2 346.8 335.3 346.9 370.3 361.6 345.3 337.6 349.2 372.6 363.9 347.7 337.1 348.7 372.1 363.4 347.1 

MFSP [$/L] 1.78 1.76 1.79 1.43 1.85 1.77 1.75 1.78 1.43 1.84 1.78 1.76 1.79 1.44 1.86 1.78 1.76 1.79 1.43 1.85 

S
el

ls
 &

 p
ro

fit
s Total fuel  

sales [MM$/yr]  
337 348 372 363 347 335.3 346.9 370.3 361.6 345.3 337.6 349.2 372.6 364.0 347.7 337.1 348.7 372.1 363.4 347.1 

Bio-gas total 
 sale [MM$/yr]  

4.6 8.1 5.2 0.7 7.9 4.6 8.1 5.2 0.7 7.9 4.6 8.1 5.2 0.7 7.9 4.6 8.1 5.2 0.7 7.9 

Total  
revenues [MM$/yr]  

341 356 377 364 355 339.9 355.0 375.4 362.3 353.2 342.2 357.3 377.8 364.6 355.6 341.7 356.8 377.2 364.1 355.0 
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3.6 Heat exchanger network 

In the last part of this analysis, the design of the exchanger network was done, which requires 

knowledge on all the process streams and for this reason represents the final step of design 

process. The exchanger network has been optimized by minimizing its energy utility. Table 

13 summarises the streams that required a heat treatment, classified as hot streams that must 

be cooled (hot), and the cold streams that must be heated (cold). 

Table 13. Thermal energy balance 

Stream Condition F·Cp [kW/ ºC] 
Temperature inlet 

[ºC] 
Temperature outlet 

[ºC] 
Heat available 

[kW] 
F-102 Cold 3.93 35 175 -549.62 
F-110 Hot 9.57 500 35 4,451.12 
F-114 Cold 13.38 35 250 -2,876.18 
F-116 Cold 9.93 25 250 -2,235.00 
F-118 Hot 14.10 250 35 3,031.49 
Condenser Hot 1425.84 114 113 1,425.84 
Reboiler Cold 914.50 192 193 -914.50 
F-122 Hot 6.56 113 35 518.05 
F-124 Hot 6.67 193 35 1,053.92 

 3,905.13 

Summing algebraically the different heat rates, the energy released at the external 

environment was 3.905·GW, which makes the process exothermic. In order to exchange the 

thermal energy, the streams need to have a ∆T among them. As result, in Figure 5, the 

different streams are represented together with their enthalpy and temperature range. The 

streams are shown as arrows, with origin at the input temperature of the exchangers and end 

at the outlet temperature. The hot and cold streams have shifted scales of 5 °C, which 

represents the minimum driving force. On the left scale of the figure, the hot streams are 

cooled, while on the right, the cold streams are heated. Furthermore, the temperature interval 

of the streams where they can exchange the thermal energy is reported.   

The cumulative enthalpy for the cold and hot streams have been plotted with the temperature 

(Figure 6), to identify possible pinch points’ temperature (temperature difference between the 

streams of less of 5 ºC). In this case, the pinch point was not detected, which does not restrict 

the design of the heat exchange network. 

Having defined all the streams and identified the minimum amount of the process utility, the 

heat exchange networks has been determinate and represented in Figure 7. The hot streams 

(red arrows) achieving their target temperature suppling thermal energy by cold utilities 

(black dot) or from the cold streams (blue arrow connected by a black line). Moreover, the 

heat exchange networks was designed, imposing (F·cp)hot≤(F·cp)cold.  
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In particular, the gaseous stream from the outlet of the cyclone (F-110) was cooled by the 

energy supplied from the distillation tower reboiler. Afterwards, the stream was split to two 

stream, exchanging thermal energy for preheating the air for the drier unit (F-102) and the 

hydrogen (F-116).  

 
Figure 5. Temperature interval diagram 

At the end, the stream F-110 did not achieve the temperature target, for this reason a cold 

utility has been expected. As it is possible to note from Figure 7 the stream F-102, the air 

supplied at the drier unit, the thermal energy was satisfied from the streams present in 

process, achieving a significant energy/cost reduction. The stream exiting the hydrotreater (F-

118) was cooled using part of the air stream entering the drier unit (F-102) and the 

hydrotreater (F-114). While, the cold utilities have been used for cooling the diesel stream in 

output of the reboiler (F-124) and gasoline streams, in input of the condenser and the stream 

F-122. 
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The heat exchange network was designed for minimising the energy required for the process 

for the best case scenario (LiLSX zeolite), resulting in a decrement of OPEX and CAPEX of 

359 MM$/yr and 393 MM$, respectively, as reported in Table 14. The MFSP achieved a 

value of 1.418 $/L, which represents a decrement of 0.012 $/L compared to the non -

optimised process. 

 

Figure 6. Composite curves for hot and cold streams 
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Figure 7. Heat exchange network 

Table 14. Economic evaluation after heat exchange network 

Algae Isochrysis 

Catalyst 
Li-LSX 
zeolite 

C
A

P
E

X
 [

M
M

$]
 Direct costs  260 

Indirect costs  65 

FCI 325 

Working capital 49 

Land 20 

TPI 393 

O
P

E
X

 [
M

M
$

/y
r]

 

Direct production costs  262 

Fixed charges 10 

Plant overhead  15 

Manufacturing costs 287 

SARE 33 

Return on investment 39 

Total operating cost 359 

MFSP [$/L] 1.418 

S
el

ls
 &

 p
ro

fit
s Total fuel sales 

[MM$/yr]  359 

Bio-gas total sale 
[MM$/yr]  0.0114 

Total revenues [MM$/yr]  0.7 
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3.7 Sensitive analysis  

In order to identify the components and properties that affect most the final price of the fuels, 

a sensitivity analysis was carried out, by varying of ±20 % the following sensitivity factors: 

Bio-oil yield, feedstock cost, rate of return on investment and price of pyrolysis reactor. This 

sensitivity analysis was carried out with Isochrysis as feedstock and Li-LSX zeolite for the 

thermal dryer scenario, since the fuel price determined was the lowest (1.418 $/L). The main 

results are reported in Table 13, where it can be seen that the bio-oil yield and the feedstock 

cost were the most important factors. For the latter, by varying the price of algae from 52.8 

$/metric ton to 79.2$/metric ton, the fuel price increased from 1.237 $/L to 1.1593 $/L. These 

two properties were also found to be the key factors in most of the previous studied [16, 19, 

35]. Therefore, the techno-economic success of producing drop-in fuels from microalgae is 

strictly dependent on the future development of cost-effective processes for microalgae 

cultivation.  

Figure 8 shows the operating costs for the best scenario (Isochrysis – Li-LSX-zeolite). 

Feedstock, annual return on investment and hydrogen purchased were the main operating 

costs associated with the plant. Regarding the equipment costs, the pyrolysis reactor was the 

most expensive component of the integrated facility, representing about 60% of the total 

equipment cost, as can be seen in Table 14.  

This base fuel price calculated in this work for the system Isochrysis-LiLSX-zeolite was 

lower than that found in a previous algae pyrolysis study as reported in the introduction 

section [16], but resulted higher than in Xin et al. (0.59 $/L) [21], where wastewater was used 

to grow microalgae, leading to a lower price of the feedstock, which as we have shown, is a 

key factor affecting the overall conversion costs. Despite the fact that the fuel price of 1.418 

$/L resulted less expensive than those obtained by processing microalgae by other methods, 

such as solvent extraction of lipid fraction, leading to fuel prices between 2.60- 5.42 $/L [40] 

and other assessments indexed in a recent review [41]; fuel price obtained using 

lignocellulosic material (corn stover) (0.68 $/L) in similar conversion processes [19], 

suggests that micro-algae to biofuels through pyrolysis-hydro-treatment still require 

improvements in particular concerning to the microalgae production cost. 

 

Table 15. Sensitivity analysis for Isochrysis as feedstock and Li-LSX zeolite as catalyst. 

 Property/component Fuel price ($/L) 
Key component/ process -20% Base case +20% -20% Base case +20% 



M
ANUSCRIP

T

 

ACCEPTE
D

ACCEPTED MANUSCRIPT

32 
 

Bio-oil yield (wt. % of dry biomass) 24.8 31 37.2 1.751 1.418 1.158 
Feedstock cost [$/metric ton] 52.8 66 79.2 1.237 1.418 1.593 
Return on investment [%] 8 10 12 1.385 1.418 1.445 
Catalytic pyrolysis reactor [MM$] 126.4 158 189.6 1.366 1.418 1.455 

 

 

Figure 8. Repartition of the (a) annual operating costs and (b) equipment costs for Isochrysis as feedstock 
and Li-LSX zeolite (thermal drying scenario). 

4. Conclusion 

This techno-economic study explored the cost of producing drop-in fuels from microalgae via 

catalytic pyrolysis and bio-oil upgrading. Microalgae drying, pyrolysis, biochar combustion 

and bio-oil/bio-gas refining process were simulated in Aspen environment. Capital 

expenditure and operational expenditure were obtained comparing the running costs with the 

fuel selling price, thus giving more understanding to the costs associated with the overall 

process. 

In order to determine their impact on the final cost of the fuels, different scenarios were 

considered including three types of microalgae drying, due to the known impact of drying on 

microalgae based biofuels, two microalgae species (Nannochloropsis and Isochrysis) and a 

number of different catalysts.   

Fuel prices determined in this project varied from 1.43 $/L to 1.84 $/L, resulting similar to 

those calculated in previous work using Chlorella microalgae as feedstock (1.49 $/L to 1.80 

$/L). In this study, Isochrysis as feedstock with Li-LSX zeolite as catalyst was the most 

promising scenario (1.43 $/L), mainly due to the higher bio-oil yield obtained by using Li-

LSX-zeolite for the microalgae pyrolysis. 
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The best scenario (Li-LSX zeolite) was then optimised, in terms of energy demand, reaching 

a MFSP equal to 1.418 $/L. Finally, the sensitivity analysis showed that the bio-oil yield was 

the most influent factor, leading to a variation of the fuel price between 1.158 $/L to 1.751 

$/L assuming a 20% of variation. The fuel price determined in this study for the Isochrysis 

and Nannochloropsis microalgae based process is promising, but requires to be lowered to a 

more favourable price to be competitive with lignocellulosic based processes. In particular, 

further research is required to drastically reduce the price of the feedstock production and 

drying and the development of catalysts able to maximise both the yield and quality of the 

bio-oils produced. 
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Nomenclature 

CAPEX  Capital cost, MM$ 

cp   Heat capacity, kJ/kg ºC 

D   Diameter, ft 

DCFROR  Discounted cash flow rate of return 

Fc   Correction factor, adimensional 

FCI   Fixed capital investment, MM$ 

Fd   Reactor design factor, adimensional 

Fm  Materials factor, adimensional 

H   Height, ft 

HTL  Hydrothermal liquefaction 

M&S  Marshall and Shift index, adimensional 

MBSP   Minimum butanol selling price, $/L 

MFSP  Minimum fuel selling prices, $/L 

MW  Molecular weight, lb/lbmol 

O&M   Operations and maintenance, MM$/yr 

OPEX   Annual operating cost, MM$/yr 

P   Flow of matter, ft3/min 

PFD   Process flow diagram  

SARE   Sales, administration, research and engineering costs, MM$/yr 
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SCFM  Standard cubic feet per minute, ft3/min 

TEA   Techno-economic assessment 

Tbp   Temperature boiling point, °F and °C 

TPI   Total project investment, MM$ 

V  Molar flow rate of vapour, lbmol/hr 

∆Hv    Heat of vaporization, Btu/lbmole 

∆T   different of temperature, ºC 

ρm   Molar density, lbmol/ft3 

η   Distillation tray efficiency, adimensional 
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• A techno-economic analysis of microalgae to drop-in fuels was performed by Aspen 

• A minimum fuel selling price of $1.418 (Isochrysis and Li-LSX-zeolite) was obtained 

• The sensitivity analysis showed that the bio-oil yield was the most influent factor 

• A drastic microalgae production and drying costs are required for cost-effective 

microalgae biofuels  

 

 

 


